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Abstract

The adsorption-enhanced reaction (AER) process is theoretically analyzed for hydrogen production by steam-methane reforming (SMR).
It uses a fixed-bed packed column of an admixture of a SMR catalyst and an adsorbent for selective removal of CO2 from the reaction zone.
A mathematical model taking into account multicomponent (six species) mass balances, overall mass balance, Ergun relation for pressure
drop, energy balance for bed-volume element including the heat-transfer to the column wall, and nonlinear adsorption equilibrium isotherm
coupled with three main reactions was derived to describe AER process with the intraparticle-diffusion limitations. The numerical solution
of the model equations for this process was obtained by using the method of orthogonal collocation. The validity of the model prediction
was checked by comparing the simulated results with experimental data from literature. The mechanism of the adsorption-enhanced SMR
is studied by analysis of the profiles of the bed concentrations, temperature, velocity, pressure, and reaction and adsorption rates. The
intraparticle-diffusion limitations on the adsorption-enhanced SMR are evaluated by the effectiveness factors. The effect of the operating
conditions (reaction temperature, pressure and length of adsorptive reactor) on the hydrogen purity, hydrogen productivity and methane
conversion is studied by numerical simulation; a high purity of hydrogen product gas (90–98%) with methane as the prime impurity
and traces of CO2 (below 400 ppm) and CO (below 30 ppm) can be produced directly from the adsorptive reactor under conditions of
450–490◦C and 222.9–891.4 kPa.
© 2003 Elsevier Science B.V. All rights reserved.
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1. Introduction

Many chemical reactions are usually limited by thermody-
namic equilibrium or catalyst selectivity. On the other hand,
the separation step and reactant recycle requires vast amount
of energy and often generates a significant amount of waste
products. Therefore, it is beneficial to couple reaction and
separation within one single unit, which can lead to higher
or sometimes to complete conversion and purer product in a
single unit by crossing the boundaries of the thermodynamic
equilibrium conversion or catalyst selectivity[1–11].

The steam-methane reforming (SMR) to produce hy-
drogen in an adsorptive reactor is a typical example. In a
conventional reactor (without adsorbent), high reaction tem-
perature (700–1000◦C) and high pressure (about 2200 kPa)
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are adopted for SMR, the methane conversion obtained is
about 80%, the product gas contains amounts of CO and
CO2; therefore, the ancillary processes such as water–gas
shift reaction, alkali absorption and methanation are needed
in order to remove CO and CO2, respectively, from the
product gas for further uses. However, in an adsorptive re-
actor packed with an admixture of SMR catalyst and adsor-
bent for selectively removing CO2 from the reaction zone,
the SMR is enhanced and the hydrogen enriched product
gas with traces of CO and CO2 can be directly produced
at relatively low temperature[8,9]. Once the adsorbent is
saturated with CO2, the regeneration of the adsorbent is
performed by pressure-swing adsorption in situ. For exam-
ple, 88–95% H2 with methane as the primary impurity and
traces of CO2 (less than 130 ppm) and CO (not detectable;
below 50 ppm) can be produced by reaction of steam and
methane in a 6 m pilot-scale adsorptive reactor at 490◦C
and 180–450 kPa[12].

Characteristics of the system treated are the close inter-
action between multi-reaction and heat and mass-transfer
mechanisms. Therefore, it is hard to identify reliably
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Nomenclature

bCO2 Langmuir model constant for component
CO2 (Pa−1)

c total molar concentration in the pellets
(mol m−3)

〈c〉 volumed-average total molar concentration
in the pellets (mol m−3)

ci molar concentration in the pellets for
componenti (mol m−3)

〈ci〉 volumed-average molar concentration in
the pellets for componenti (mol m−3)

C total molar concentration in the bulk
phase (mol m−3)

Ci molar concentration of gas-phase
componenti (mol m−3)

Cp,g gas-phase heat capacity (J mol−1 K−1)
Cp,s solid-phase heat capacity (J kg−1 K−1)
Cv,g heat capacity of gas-phase at constant

volume (J mol−1 K−1)
dp particle diameter (m)
Dp Fickian pore diffusivity (m2 s−1)
DM molecular diffusivity (m2 s−1)
DL axial dispersion coefficient (m2 s−1)
−�Had,i adsorption heat of componenti

(on the adsorbent surface) (J mol−1)
�HR,i reaction heat of reactioni (J mol−1)
kfi mass-transfer coefficient (s−1)
kj rate constant of reactionj, j = I,

II (mol Pa0.5 kg−1 catalyst s−1),
j = III (mol kg−1 catalyst s−1)

kz effective thermal conductivity
(J m−1 s−1 K−1)

Kj equilibrium constant,j = I, II (Pa2),
j = III

KD Ergun equation coefficient (N s m−4)
KV Ergun equation coefficient (N s2 m−5)
L reactor length (m)
mCO2 Langmuir model constant for component

CO2 (mol kg−1)
M molecular weight (kg mol−1)
p local total pressure in the catalyst

pellet (Pa)
pi partial pressure of gas-phase component

i in the catalyst pellet (Pa)
P local total pressure in the bulk phase (Pa)
Pi partial pressure of gas-phase component

i (Pa)
PH high pressure (Pa)
qi solid-phase concentration for component

i (mol kg−1)
q̄i volumed-average solid-phase

concentration for componenti
over an adsorbent particle (mol kg−1)

rp radius of the pellets (m)
R0 inner radius of the reactor (m)
Rj reaction rate defined byEq. (1)

(mol kg−1 catalyst s−1)
Ri formation or consumption rate of

componenti (mol kg−1 catalyst s−1)
t time (s)
T temperature in bulk gas-phase (K)
Tf feed gas temperature (K)
Tw wall temperature (K)
u superficial velocity (m s−1)
uf feed gas superficial velocity (m s−1)
U overall bed-wall heat-transfer coefficient

(J m−2 K−1)
xi gas-phase mole fraction of component

i in pellets
yfi gas-phase mole fraction of componenti in

the feed
yi gas-phase mole fraction of componenti
z axial coordinate in bed (m)

Greek letters
α mass ratio of adsorbent and catalyst in the

packed-bed
ε porosity
εb bed porosity
εt total bed porosity
ηj catalyst effectiveness factor
µ viscosity of fluid (kg m−1 s)
ρad mass of adsorbent in the bed volume (kg m−3)
ρb buck packing density (kg m−3)
ρcat mass of catalyst in the bed volume (kg m−3)
ρg gas-phase density (kg m−3)
ρp,ad density of the adsorbent (kg m−3)
ρp,cat density of the catalyst (kg m−3)
τ tortuosity factor of the catalyst

feasibility or to establish independently the values of indi-
vidual model parameters experimentally. The most effective
way of proceeding is thus through deliberate experimen-
tation supported by physically realistic simulation. Ding
and Alpay [9] investigated the adsorption-enhanced SMR
theoretically and experimentally. Later, Xiu et al.[10,11]
extended the theoretical analysis to the cyclic operation. In
the above works, the diffusion process in the adsorbent is
described by the LDF model, and the effectiveness factors
for SMR process were taken as constant. However, due to
commercial large size of catalyst and adsorbent pellets used
in practice, the above-simplified treatments may cause some
deviation from the real situation for the adsorptive reactor.
Therefore, it is necessary to develop a mathematical model
to check the effects of the intraparticle-diffusion limitations
on the AER process.
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Many publications on the subject of catalytic reactions
have mentioned the intraparticle-diffusion effects using the
dusty-gas model on the steady state[13–18]. However, there
is not a complete description of kinetics that includes proper
modeling of the intraparticle-diffusion limitations for the
AER process; the adsorption-enhanced SMR process is an
unsteady and complicated one in nature. In view of the com-
plexity of the adsorptive reactor described above the prob-
lems can only be solved with the aid of advanced numerical
algorithms.

In this paper, the AER process is analyzed for hydro-
gen production by SMR. Compared with the previous
work of Xiu et al. [10,11], the objective of this work
is to investigate the intraparticle-diffusion limitations on
adsorption-enhanced SMR. A model taking into account
multicomponent (six species) mass balances, overall mass
balance, Ergun relation[19] for pressure drop, energy bal-
ance for bed-volume element including the heat-transfer
to the column wall, and nonlinear adsorption equilibrium
isotherm coupled with three main reactions was derived
to describe the AER process. The Fickian diffusion model
was adopted to evaluate the effectiveness factors for the
multi-reaction system. For simplification, only one com-
ponent (i.e. CO2) was assumed to be adsorbed. Numerical
solution of model equations for this process was obtained
by using the method of orthogonal collocation.

2. Theoretical model

2.1. Reaction kinetics of steam-methane reforming (SMR)

The SMR can be described by the following main three
chemical reactions:


CH4 + H2O ⇔ CO+ 3H2, �H298 = 206.2 kJ mol−1 (I)
CH4 + 2H2O ⇔ CO2 + 4H2, �H298 = 164.9 kJ mol−1 (II )
CO+ H2O ⇔ CO2 + H2, �H298 = −41.1 kJ mol−1 (III )

(1)

The reaction kinetic model can be summarized as[20]

RI = 1

(DEN)2
kI

p2.5
H2

(
pCH4pH2O − p3

H2
pCO

KI

)
(1a)

RII = 1

(DEN)2
kII

p3.5
H2

(
pCH4p

2
H2O − p4

H2
pCO2

KII

)
(1b)

RIII = 1

(DEN)2
kIII

pH2

(
pCOpH2O − pH2pCO2

KIII

)
(1c)

where DEN = 1 + KCOpCO + KH2pH2 + KCH4pCH4 +
KH2OpH2O/pH2, in which pi = xi,catp (i = H2O, CH4,
H2, CO2, CO, p and xi,cat are the total pressure and the
gas-phase mole fraction of componenti in the catalyst pellet,
respectively),kI , kII , andkIII are the rate constants,KI , KII ,
and KIII are the equilibrium data[21]. The expressions of
these parameters are listed inTable 1.

Table 1
Parameters used inEq. (1) [20,21]

KI = 1

exp(0.2513Z4 − 0.3665Z3 − 0.58101Z2

+27.1337Z − 3.2770)

atm2a

KII = KIKIII

KIII = exp(−0.29353Z3 + 0.63508Z2 + 4.1778Z + 0.31688)a,

whereZ = 1000

T
− 1

k1 = 1.842

× 10−4 exp

[
−240 100

R

(
1

T
− 1

648

)]
kmol bar0.5 kg−1 catalyst h−1

k2 = 2.193

× 10−5 exp

[
−243 900

R

(
1

T
− 1

648

)]
kmol bar0.5 kg−1 catalyst h−1

k3 = 7.558 exp

[
−67 130

R

(
1

T
− 1

648

)]
kmol kg−1 catalyst h−1 bar−1

KCH4 = 0.179 exp

[
38 280

R

(
1

T
− 1

823

)]
bar−1

KH2O = 0.4152 exp

[
−88 680

R

(
1

T
− 1

823

)]

KCO = 40.91 exp

[
70 650

R

(
1

T
− 1

648

)]
bar−1

KH2 = 0.0296 exp

[
82 900

R

(
1

T
− 1

648

)]
bar−1

a Taken from Twigg [21]. The data of Xu and Froment[20] are
as follows:KI = 4.707× 1012 exp(−224 000/RT)bar2, KIII = 1.142×
10−2 exp(37 300/RT) (for T = 948 K).

2.2. Momentum, mass and energy balance equation for
AER process

The theoretical model adopted for the AER process is a
non-isothermal, non-adiabatic, and non-isobaric operation,
developed to describe both SMR and adsorption-enhanced
SMR processes. The model assumptions adopted are sum-
marized as follows[9–11,22].

(1) The flow is represented by an axial-dispersed plug-flow
model. Mass dispersion in the axial direction is con-
sidered, with negligible radial gradients. The axial dis-
persion coefficient was estimated from the correlation
of Edwards and Richardson[23], as shown inTable 2.
Change of flow due to reactions and adsorption, as de-
termined by the overall material balance, is taken into
account. The gas is assumed to be an ideal gas.

(2) Pressure distribution in the packed-bed adsorptive reac-
tor was described by Ergun equation[19].

(3) The system is non-isothermal. The column wall and the
feed stream are maintained at the same constant temper-
ature. The heat-transfer resistance between the gas and
pellet phases is neglected. Thermal dispersion in the
axial direction is considered, with negligible radial gra-
dients. Axial thermal conductivity is estimated using the
empirical correlation given by Yagi et al.[24], as repro-
duced inTable 2. For a packed-bed with spherical par-
ticles, the wall-bed heat-transfer coefficient,U, is given
by De Wash and Froment[25] and Li and Finlayson
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Table 2
Parameters for the governing equations

Semi-empirical relationships forKD and KV [19]

KD = 150µ(1 − εb)
2

d2
pε

3
b

(N s m−4), KV = 1.75(1 − εb)

dpε
3
b

PM

RT
(N s2 m−5), in which M ≈ 0.018 kg mol−1

Axial dispersion coefficientDL [23]

DL = 0.73DM + 0.5udp

1 + 9.49DM/(udp)
(m2 s−1), in which DM = 1.6 × 10−5 m2 s−1 for PH and Tf , andDM = 5.6 × 10−5 m2 s−1 for PL and Tf [30]

Langmuir isotherm[9]

q∗
CO2

= mCO2bCO2pCO2

1 + bCO2pCO2

, wheremCO2 = 0.65 mol kg−1 and bCO2 = 2.36× 10−4 exp

[
17 000

R

(
1

T
− 1

673

)]
Pa−1

Mass-transfer coefficient[27]
kf dp

DM
= 2.0 + 1.1Sc1/3Re0.6

p (3 < Rep < 104), whereSc = µ

ρgDM
, Rep = ρguεtdp

µ

Bed effective conductivitykz [22,24]
kz

kg
= k0

z

kg
+ 0.75(Pr)(Rep), where

k0
z

kg
= εt + 1 − εt

0.139εt − 0.0339+ 2/3(kg/kp)
,

Pr = Cp,gµ

kg
, in which kp = 1 × 10−2 J cm−1 s−1 K−1 and kg = 2.5 × 10−4 J cm−1 s−1 K−1 (Eucken formula in Bird et al.[32])

Wall-bed heat-transfer coefficient,U [26]
2UR0

kg
= 2.03Re0.8

p exp

(
−3dp

R0

) (
Rep = 20− 7600,

dp

2R0
= 0.05− 0.3

)
, andU = 6.15

k0
z

2R0
as Rep → 0 [25]

[26]. The gas-phase and the catalyst/adsorbent pellet are
assumed to be in local thermal equilibrium at all times.

(4) There exist five components (CH4, H2, CO2, CO, and
H2O) in an inert carrier (N2). The Langmuir model
is adopted to describe the adsorption equilibrium for
component CO2 on the adsorbent; for the parameters
of Langmuir isothermal (seeTable 2).

(5) Perfect mixing of the catalyst and adsorbent pellets,
and negligible catalyst deactivation.

From the above assumptions, we can derive the follow-
ing governing equations and the corresponding initial and
boundary conditions.

According toEq. (1), the formation or consumption rate
of componenti, Ri, was calculated by

Ri =
III∑
j=I

vijRj (i = 1–6 component, j = I–III ) (2)

wherevij is the stoichiometric coefficient of componenti. If
i refers to a reactant,vij is negative, and for a productvij is
positive.

The overall mass balance equation in the adsorptive reac-
tor is

∂(εbC + ρadq̄CO2)

∂t
+ ∂(uC)

∂z

+ (1 − εb)
∂〈c〉
∂t

− ρcat

6∑
i=1

III∑
j=I

vijηjRj = 0 (3)

whereC is the total molar concentration in the bulk phase,u
the superficial velocity,ρad andρcat the bulk densities of the
adsorbent and the catalyst, respectively,εb the bed porosity,

t the time,z the axial coordinate in the packed-bed, andηj
is the catalyst effectiveness factor.ρad andρcat are related
with the bulk packing densityρb by ρad = αρb/(1+ α) and
ρcat = ρb/(1 + α), whereα is the mass ratio of adsorbent
and catalyst in the packed-bed.

The volumed-average concentration ofc in pellets,〈c〉, in
Eq. (3) is defined as

〈c〉 = εcatc̄cat + αεadc̄ad

1 + α
(3a)

whereεcat andεad are the porosities of the catalyst and the
adsorbent, and̄ccat andc̄ad are the volumed-average concen-
trations over the catalyst and the adsorbent pellets which are
calculated from the corresponding local values ofccat and
cad, respectively.

For componenti, the mass balance for the packed-bed
reactor is

∂(εbCi + ρadq̄i)

∂t

+ ∂(uCi)

∂z
+ (1 − εb)

∂〈ci〉
∂t

− ρcat

III∑
j=I

vijηjRj

= εb
∂

∂z

(
DLC

∂yi

∂z

)
(4)

whereCi = yiC, yi is the gas-phase mole fraction of com-
ponenti in the bulk phase, andDL is the axial dispersion
coefficient, and

〈ci〉 = εcatxi,catc̄cat + αεadxi,adc̄ad

1 + α
(4a)

in which xi,ad is the gas-phase mole fraction of component
i in the adsorbent pellet.
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The pressure distribution in the packed-bed reactor was
described by the Ergun equation[19]

∂P

∂z
= −KDu − KVu

2 (5)

whereP is the local pressure atz the axial coordinate in the
bulk phase,KD andKV are parameters corresponding to the
viscous and kinetic pressure loss terms.

The energy balance for the bed-volume element including
the heat-transfer to the column wall is

(εtCCv,g + ρbCp,s)
∂T

∂t

+ CCp,gu
∂T

∂z
− ρad

6∑
i=1

(
−�Had,i

∂q̄i

∂t

)
− 2U

R0
(Tw − T)

− ρcat

6∑
i=1

III∑
j=I

vijηjRj �HR,j = ∂

∂z

(
kz
∂T

∂z

)
(6)

where Cp,g and Cp,s are the gas- and solid-phase heat
capacity, respectively,Cv,g the heat capacity of gas-phase
at constant volume,kz the effective thermal conductivity,
−�Had,i the adsorption heat of componenti (i.e. CO2),
�HR,j the reaction heat of reactionj, εt the total poros-
ity of the packed-bed,U the overall bed-wall heat-transfer
coefficient, andR0 is the inner radius of the reactor.

The initial and boundary conditions ofEqs. (2)–(6)are

T = Tf , u = 0, qi = 0, yH2 = 1, yi = 0, PH2 = PH, Pi = 0

att = 0 (i = CO,CO2,H2O,CH4,and N2) (7a)(
∂yi

∂z

)
z=0

= −uf (yfi − yi)

εbDL
,

(
∂yi

∂z

)
z=L

= 0 (7b)

(u)z=0 = uf ,

(
∂u

∂z

)
z=L

= 0 (7c)

(P)z=0 = PH,

(
∂P

∂z

)
z=L

= 0 (7d)

(
∂T

∂z

)
z=0

= −uf CCp,g(Tf − T)

kz
,

(
∂T

∂z

)
z=L

= 0

(7e)

The values of̄qi, 〈c〉, 〈ci〉, andηj in the above equations
are calculated as follows.

(1) For simplification, we assumed that the components H2,
CH4, H2O, CO, and N2 are inert for the adsorbent, i.e.
q̄i = 0 unless fori = CO2, the Fickian diffusion model
is adopted to describe the mass-transfer of CO2 to the
adsorbent

εad
∂cCO2

∂t
+ (1 − εad)ρp,ad

∂qCO2

∂t

= 1

r2

∂

∂r

(
Dp,CO2r

2∂cCO2

∂r

)
(8)

whereρp,ad is the density of the adsorbent andr is the
radial coordinate of the pellet.

The initial and boundary conditions ofEq. (8)are

cCO2 = 0, qCO2 = 0 att = 0 (9a)(
∂cCO2

∂r

)
r=0

= 0 (9b)

Dp,CO2

(
∂cCO2

∂r

)
r=rp

= kf ,CO2[CCO2 − (cCO2)r=rp]

(9c)

wherekf ,CO2 is the external film mass-transfer coeffi-
cient [27], qCO2 the equilibrium solid-phase concentra-
tion obeys the Langmuir isotherm[28], andrp is radius
of the pellet.

By solving Eqs. (8) and (9), ∂q̄CO2/∂t is then calcu-
lated by

∂q̄CO2

∂t
= 3

r3
p

∫ rp

0

∂qCO2

∂t
r2 dr (10)

and we assumed thatxi,adc̄ad = yiC for all species ex-
cept CO2 in the adsorbent pellets.

(2) Due to lacking of the experimental data for the diffusion
coefficient matrix, we take Fickian law to replace the
generalized Fickian formulation. For multicomponent
diffusion and reaction in the catalyst pellet, we have[29]

εcatccat
∂xi,cat

∂t
= ccatDp,i

(
∂2xi,cat

∂r2
+ 2

r

∂xi,cat

∂r

)
+ ρp,catRi (11)

whereρp,cat is the density of the catalyst.
The initial and boundary conditions ofEq. (11)are

xi,cat = 0, c = 0 att = 0 (12a)(
∂xi,cat

∂r

)
r=0

= 0 (12b)

Dp,i

(
∂xi,cat

∂r

)
r=rp

= kfi[yi − (xi,cat)r=rp] (12c)

When the rate of the reaction is large in comparison
with the rate of diffusion, the reaction is said to be lim-
ited by diffusion. The effectiveness factor is used as a
measure of diffusional resistances and for thejth reac-
tion, it can be defined as

ηj = (3/r3
p)
∫ rp

0 r2Rj dr

(Rj)r=rp

(13)

In the above equations, the effective diffusion coefficient
of the ith component for the multicomponent system,Dp,i,
is defined as

Dp,i = εcatDM,i

τ
(14a)
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Several methods for estimatingDM,i have been proposed.
The following simple weighted-averaging method based on
mole composition was used in this study[30,31]

DM,i =
∑n

k=1,k 
=ixkDki∑n
k=1,k 
=ixk

(14b)

in which

Dki = 10−3T 1.75√
p[(
∑

v)
1/3
k + (

∑
v)

1/3
i ]2

Mk + Mi

MkMi

(14c)

in whichp is measured in atmospheres andT in Kelvin, τ the
tortuosity factor of the catalyst pellet,DM the binary molec-
ular diffusivity,

∑
v the sum of atomic diffusion volumes,

andM is the molecular weight.
The above equationsEqs. (2)–(14)were solved by the

orthogonal collocation method[10,11]. At all collocation
points,Eqs. (3) and (5)are discretized into a set of linear
algebraic equations that are solved numerically by Gauss
method in order to obtain the velocity and pressure distribu-
tions along the reactor.Eqs. (4) and (6)along withEqs. (8)
and (11)are discretized into a set of ordinary differential
equations with initial values which are integrated in the time
domain using Gear’s stiff variable step integration routine in
order to obtain the effectiveness factor, effluent mole frac-
tion and temperature histories, and the mole fraction profiles
within the catalyst pellets.

3. Results and discussion

The adsorptive reactor with 25 mm diameter is packed
with the mixture of catalyst and adsorbent (ρad =
466.6 kg m−3, and ρcat = 233.3 kg m−3), the mean pellet
diameter is 3.0 mm, the density isρp = 1550 kg m−3 for
both catalyst and adsorbent pellets, the pellet porosity is
0.5, the tortuosity factor in the pellet is set 8.0, and the bed
porosity is 0.47. The adsorption isotherm is selected from
Ding and Alpay[28]. A feed gas mixture of H2O/CH4 = 6
(molar ratio) with traces of N2 (about 0.001) passes through
this adsorptive reactor with 0.05 m s−1 feed velocity under
the conditions ofPH = 445.7 kPa andTf = Tw = 450◦C.
The effluent mole fractions with time are shown inFig. 1,
where the length of the reactor is selected as 2 and 4 m,
respectively.

It can be seen that the whole reaction region can be di-
vided into three zones according to the adsorption behavior
of CO2 [10,11]: (1) the AER zone, where the effluent mole
fraction of CO2 is lower, adsorption enhances the conver-
sion of methane, and the effluent mole fraction of hydro-
gen at the exit is higher; (2) the breakthrough zone of CO2,
where the effluent mole fraction of CO2 increases quickly
with time, the adsorbent is nearly saturated by CO2, the
enhancement is not evident, and the purity of hydrogen at
the effluent gas drops rapidly; and (3) the equilibrium state
zone, where the adsorbent is saturated almost entirely by

Fig. 1. Effluent mole fraction profiles at the exit of adsorptive reactor
for PH = 445.7 kPa,Tf = Tw = 450◦C, uf = 0.05 m s−1, molar ratio of
H2O/CH4 = 6.

CO2 throughout the bed, the operation mode is the same as
the conventional one; the SMR reaches the steady state. In
the AER zone, the adsorbent selectively removes CO2 and
enhances the SMR, so higher purity hydrogen product gas
with traces of CO and CO2 can be produced. For example, if
the length of adsorptive reactor is 4 m and the reaction time
is controlled att1 = 460 s, over 92.8% average purity hy-
drogen with traces of CO (30 ppm) and CO2 (383 ppm) can
be directly produced; but for a conventional reactor, only
54% purity hydrogen can be obtained with amounts of CO
(0.34%) and CO2 (12.8%) due to the thermodynamic lim-
its. The corresponding average conversion of methane is up
to 73.4% for 4 m long adsorptive reactor when the reaction
time is controlled att1 = 460 s as shown inFig. 2, while for
one conventional reactor, high temperature (about 650◦C)
is needed to reach the same conversion.

Here, the conversion of methaneXCH4, the average purity
of hydrogen (dry basis)yH2 (ave), yi (dry basis), and the av-
erage mole of H2 product per gram of solid are, respectively,
defined as[10,11]

XCH4 = feed of CH4 (mol s−1) − effluent of CH4 (mol s−1)

feed of CH4 (mol s−1)

= 1 −
(

RTf

ufPHyCH4

)
feed

(
uPyCH4

RT

)
outlet

(15a)

Fig. 2. Methane conversionXCH4 with time and temperature for
PH = 445.7 kPa, Tf = Tw = 450◦C, uf = 0.05 m s−1, molar ratio of
H2O/CH4 = 6.
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yH2 (ave)= 1∫ t1
0 ((Pu(1 − yH2O))/RT)outlet

×
∫ t1

0

(
PuyH2

RT

)
outlet

dt (15b)

yi (dry basis) = yi

1 − yH2O
(15c)

mole H2 g−1 solid = 1

ALρb

∫ t1

0

(
PuyH2

RT

)
outlet

Adt (15d)

whereA is the cross-sectional area of the reactor.
Figs. 3 and 4illustrate the distribution profiles of reaction

temperature (Fig. 3a), velocity (Fig. 3b), pressure (Fig. 3c)
and the mole fraction distributions of CH4 (Fig. 4a), H2O
(Fig. 4b), H2 (Fig. 4c), CO2 (Fig. 4d), and CO (Fig. 4e) along
a 2 m long adsorptive reactor witht = 100, 300, 700, 1200,
and 1900 s, respectively. The reaction temperature, velocity,
pressure and mole fractions of reactants and products all
change with time in the AER zone.

As the adsorbent is being saturated with CO2 initially
at the inlet part of the adsorptive reactor, the evident AER
zone moves toward to the outlet with time, where a drop

Fig. 3. Temperature (a); velocity (b); pressure (c) profiles with time in 2 m
adsorptive reactor. Operation conditions are the same as those inFig. 1.

peak of the reaction temperature is observed due to the ev-
ident adsorption-enhanced SMR (reactions (I) and (II)), as
shown inFig. 3a, which results in the drop of the velocity,
as shown inFig. 3b. Due to low feed velocity being adopted,
the pressure drop along the adsorptive reactor is very small
(about 0.16 kPa) for 3 mm diameter pellets of catalyst and
adsorbent, as shown inFig. 3c.

With the adsorbent gradually saturated with CO2, the per-
formance of the adsorption-enhanced SMR becomes weak,
results in the decrease of the methane conversion. In turn, the
effluent mole fractions of remaining reactants CH4 (Fig. 4a)
and H2O (Fig. 4b) increase and the effluent mole fraction
of H2 (Fig. 4c) decreases with time; the mole fractions of
by-products CO2 (Fig. 4d) and CO (Fig. 4e) increase with
time in the effluent product gas. Once the adsorbent is en-
tirely saturated with CO2 throughout the bed, the perfor-
mance of the AER will lost, the function of the adsorptive
reactor will degrade as the conventional one. In addition,
compared withFig. 4d and e, it is found that the removal of
CO2 by adsorption also effectively suppresses the formation
of the by-product CO (reaction (III)); therefore, CO concen-
tration in the effluent gas is low. Usually, the CO concentra-
tion in the product gas is strictly controlled, for example, if
the product gas is used in the fuel cell, the CO concentration
should be below 30 ppm.

The mechanism of the adsorption-enhanced SMR is stud-
ied further by comparison the distributions of reaction rates
(at the surface of the catalyst pellet;Fig. 5) and the adsorp-
tion rate (qav,CO2 is volumed-average;Fig. 6) in a 2 m long
adsorptive reactor at the AER zone. At the inlet part of the
adsorptive reactor, the reaction rates (RI , RII , andRIII ) are
faster (10−2 to 10−3 mol kg−1 catalyst s−1 for z = 0–0.1 m)
than that of the adsorption rate (the maximum value is about
10−3 mol kg−1adsorbent s−1), the performance of the AER
is not evident. But at the left part of the adsorptive reactor
(for z = 0.1–2 m), the order of magnitude of the reaction
rates and the adsorption rate is almost the same. In this case,
if the adsorption rate is fast, the reaction rates are fast too,
and the performance of the AER is more evident. For ex-
ample, atz = 0.5–1 m, there occurs a peak for the reaction
rates att = 700 s (Fig. 5) which corresponds to the peak for
the adsorption rate (Fig. 6). Combined withFigs. 3 and 4,
the adsorbent is gradually saturated with CO2 from the inlet
part of the adsorptive reactor, the evident AER zone moves
toward to the outlet with time, sharp peaks of the AER rates
occur at the adsorption front edge where CO2 is adsorbed
at high adsorption rate.

In the adsorptive reactor, the changes of the effectiveness
factors are different from those for the conventional reactor.
Fig. 7 demonstrates the changes of the effectiveness factor
ηj along a 2 m long adsorptive reactor at different times. At
the inlet of the adsorptive reactor the reaction rates are fast
due to feed of CH4 and H2O, there exist the concentration
gradients in the catalyst due to the intraparticle-diffusion
limitations, as shown inFig. 8a, whereZ = 0.076 m; there-
fore, the effectiveness factors are small. Att = 100 s, the
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Fig. 4. Mole concentration profiles with time in 2 m adsorptive reactor: (a) CH4; (b) H2O; (c) H2; (d) CO2; (e) CO. Operation conditions are the same
as those inFig. 1.

adsorbent is not saturated with CO2 even for the inlet part of
the adsorptive reactor, the reaction rates decrease gradually
along the adsorptive reactor, then the effectiveness factors
correspondingly increase and approach unity at the outlet.
At the adsorbent saturated zone, the changes of the effec-
tiveness factors will be similar to those for the conventional
reactor. However, at the AER zone, the effectiveness factors

Fig. 5. Reaction rate distributions along with a 2 m length adsorptive
reactor at operating times 100 and 700 s.

vary with the reaction rates due to the intraparticle-diffusion
limitations. But the mole concentration gradients in the cat-
alyst pellet are smaller (atZ = 0.84 m) than those at the
inlet part due to low reaction rates, as shown inFig. 8b. It
should be noted the tendency ofηIII is different from others
when t = 700 s, probably because the concentration of CO

Fig. 6. Adsorption rate distributions along with a 2 m length adsorptive
reactor at operating times 100 and 700 s.
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Fig. 7. Effectiveness factors along with a 2 m length adsorptive reactor
at operating times 100 and 700 s.

is small, andηIII is sensitive to the concentration of CO at
this stage.

For many industrial applications, the CO concentration in
hydrogen should be controlled (for example, below 30 ppm
for fuel cell applications). In other words, the hydrogen
purity, the hydrogen productivity and the remaining CO
concentration all are important. The purity of hydrogen,
the hydrogen productivity and the concentration of CO are
sensitive to the conditions such as the length of the adsorp-
tive reactor, the operating temperature and pressure.Table 3
summaries some simulation results (product gas with CO
below 30 ppm) to examine the effects of the adsorptive
reactor length, the operating temperature and pressure on
the hydrogen purity of the product gas and the hydro-
gen productivity. The adsorption isotherm is taken from
paper[9].

Table 3
Comparison of the simulation results between the Fickian diffusion model (FD model) and LDF(η̄j) model at various operating conditions

No. P (kPa) T (◦C) L (m) Model (FD and
LDF(η̄I , η̄II , η̄III ))

Gas quantities
(mol kg−1 of solid)

Hydrogen product purity (dry) Methane
conversion (%)

Feed Hydrogen
productivity

H2

(%)
CH4

(%)
CO2

(ppm)
CO
(ppm)

1 445.7 450 2 FD 0.485 0.236 91.9 8.1 302 30 70.1
LDF(0.78, 0.75, 0.81) 0.229 91.5 8.5 407 38 69.3

2 445.7 450 4 FD 0.614 0.301 92.8 7.2 383 30 73.4
LDF(0.80, 0.77, 0.81) 0.294 92.2 7.8 415 35 71.6

3 445.7 450 6 FD 0.708 0.344 92.9 7.1 401 30 76.2
LDF(0.81, 0.78, 0.82) 0.340 92.6 7.4 434 34 73.2

4 445.7 400 4 FD 2.203 0.571 74.9 25.0 1239 30 39.5
LDF(0.83, 0.80, 0.85) 0.559 74.1 25.8 1301 32 38.2

5 445.7 490 4 FD 0.427 0.265 98.3 1.7 190 30 92.5
LDF(0.77, 0.75, 0.80) 0.256 97.8 2.2 226 37 90.6

6 222.9 450 4 FD 0.320 0.181 96.7 3.3 288 30 86.5
LDF(0.75, 0.73, 0.79) 0.178 96.3 3.6 329 37 85.5

7 891.4 450 4 FD 1.528 0.583 86.4 13.6 553 30 58.0
LDF(0.77, 0.76, 0.79) 0.573 85.7 14.2 609 36 56.5

8 222.9 400 4 FD 0.811 0.283 83.8 16.1 823 30 53.2
LDF(0.82, 0.79, 0.85) 0.282 83.6 16.3 886 35 52.6

9 891.4 490 4 FD 0.785 0.434 95.4 4.6 259 30 81.4
LDF(0.74, 0.73, 0.75) 0.423 94.5 5.5 323 40 78.1

uf = 0.05 m s−1 for all simulations.

Fig. 8. Mole fraction profiles in 3 mm diameter catalyst pellet at reaction
times 100 s (solid lines) and 700 s (dashed lines) in the (a) inlet of the
adsorptive reactor (z = 0.076 m) and (b) middle of the adsorptive reactor
(z = 0.84 m).

As shown in runs 1–3, the hydrogen productivity can be
effectively improved by increasing the length of the ad-
sorptive reactor due to the increment of adsorbent amount,
but there exist some problems in the adsorbent regeneration
[10,11]. Low operating temperature effectively decreases
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CO concentration in the product gas due to the fact that
low temperature is in favor of the adsorption of CO2 and
the exothermic water–gas shift reaction (III). As a result,
the hydrogen productivity increases; meanwhile the hydro-
gen purity in the product gas decreases, as shown in run 4.
For example, the hydrogen productivity at 400◦C (run 4) is
almost twice of that at 450◦C (run 2), while the hydrogen
purity drops from 92.8% (450◦C) to 74.9% (400◦C). Due
to reforming reactions (I) and (II) being strongly endother-
mic, increasing the operating temperature to 490◦C, the hy-
drogen purity can reach 98.3% for a 4 m long adsorptive
reactor (run 5). But the hydrogen productivity will decrease
caused by two factors: the adsorption capacity drop and the
water–gas shift reaction (reaction (III)) being hindered by
higher temperature, with the result that the by-product CO
can not be suppressed effectively. In our simulation, the ap-
propriate operating temperature is 450–490◦C.

It is obvious that the low pressure can promote the re-
forming reactions of (I) and (II) and has no effect on the
water–gas shift reaction of (III), whereas the CO2 adsorp-
tion capacity of the adsorbent will drop at low pressure. The
effect of the operating pressure on the hydrogen purity and
hydrogen productivity is shown in runs 2, 6, and 7. It is
found that the hydrogen purity in the product gas increases
at lower operating pressure, but the hydrogen productivity
decreases greatly. So lower pressure is not a good operating
mode. Probably, higher pressure with moderate temperature
is an appropriate combination for higher purity hydrogen
with high productivity if the adsorption capacity of adsor-
bent allows, which is well verified by runs 2, 8, and 9.

The accuracy of the model is evaluated by comparing sim-
ulation results with the experimental data from Hufton et al.
[8] for the single step adsorption-enhanced reaction process.
Details of the experiment can be found in literature[8]. Ac-
cording to Hufton et al.[8], the purity of the H2 product is
96% when the net H2 productivity is 0.8 mol kg−1 (solid).
Our simulation results predicts 93% hydrogen product gas
with traces of CO (62 ppm) and CO2 (696 ppm) when the
hydrogen productivity is 0.8 mol kg−1 of solid, as shown in
Fig. 9. Therefore, the simulated results are in reasonable
agreement with experimental data from the literature.

The simulation of the cyclic process with the model
above involving many components becomes complex and
requires high computation time. Therefore, the simulation
for the cyclic process (high pressure reaction/adsorption,
depressurization, low-pressure purge and pressurization)
will be carried out with a simpler model, linear driving
force/average effectiveness factor, LDF(η̄j) applied in our
previous work[10,11]. In the LDF(̄ηj) model, the LDF
model was adopted to describe the mass-transfer rate of
CO2 inside the adsorbent and the average effectiveness
factors, η̄j, for the steam-methane reforming reaction in
the catalyst pellet are taken over the operating time of the
adsorption-enhanced reaction, which can be estimated from
the Fickian diffusion model (called FD model) for the cat-
alyst described in this paper. We compare the simulation

Fig. 9. Effluent mole fraction curves calculated based on the ex-
perimental conditions of Hufton et al.[8], where PH = 480.3 kPa,
Tf = Tw = 450◦C, L = 1.067 m, uf = 0.031 m s−1, H2O/CH4 = 6,
ρcat = 769 kg m−3, ρad = 769 kg m−3, parameters for Langmuir isotherm
mCO2 = 0.85 mol kg−1, bCO2 = 3.94× 10−4 Pa−1.

results by LDF(̄ηj) with those by FD model at various op-
erating temperature, operating pressure and length of the
adsorptive reactor inTable 3. The simulation results show
that the LDF(̄ηj) model can be used to simplify the sim-
ulation of the cyclic adsorption-enhanced steam-methane
reforming process, but the average effectiveness factors,η̄j,
should be estimated in advance by an appropriate model
like Fickian diffusion model for the catalyst.

4. Conclusions

A theoretical model for the adsorption-enhanced steam-
methane reforming is developed, which is a non-isothermal,
non-adiabatic, and non-isobaric model and takes into ac-
count the effects of intraparticle-diffusion limitations on the
reactions and adsorption processes. The simulated results
are reasonable compared with experimental data from the
literature[8] for single step adsorption-enhanced SMR pro-
cess. Based on the simulation results, a high purity of hy-
drogen product gas (90–98%) with traces of CO2 (below
400 ppm) and CO (below 30 ppm) can be produced directly
at 450–490◦C and 222.9–891.4 kPa from an adsorptive re-
actor due to the adsorbent selectively removing CO2 from
the reaction zone and enhancing the methane conversion.

The mechanism of the adsorption-enhanced SMR is stud-
ied by analyzing the profiles of the bed concentrations, tem-
perature, velocity, pressure, reaction and adsorption rates. It
is found that the adsorbent is saturated gradually with CO2
from the inlet part of the adsorptive reactor and spreads to the
outlet with time. Correspondingly, the adsorption-enhanced
reaction zone moves ahead along the adsorptive reactor and
sharp peaks of the AER rates occur at the adsorption front
edge. For the adsorption-enhanced SMR process, an evident
reaction temperature drop arises due to CO2 selectively re-
moving and the adsorption-enhanced SMR (reactions (I) and
(II)).

The simulated results show that the intraparticle-diffusion
limitations should be taken into account in the adsorptive
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reactor. The reaction rates are enhanced by adsorption and
varied with time in AER zone; the effectiveness factors are
difficult to be evaluated compared with conventional reac-
tor. However, the Fickian diffusion model proposed in this
paper provides a method to estimate the average effective-
ness factor which can then be used in a simpler model (LDF
model for adsorbent combined with average effectiveness
factors for the catalyst) of the cyclic process to predict the
hydrogen purity and productivity, and the concentrations of
CO and CO2 in the product gas for the adsorption-enhanced
steam-methane reforming process.
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